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Abstract. This paper presents a framework for optimisation and techno-economic analysis of various pressuri-
sation pathways for CO, pipeline transportation. The pressurisation pathways include a conventional compres-
sion only case from initial to final pressure, a sub-critical compression part followed by cooling, liquefaction and
pumping and also a super-critical compression part followed by cooling and dense phase pumping. The
presented framework is developed based on open-source components and information available in the public
domain. The framework includes a high level of flexibility to study variations in intial and final pressures, inclu-
sion of inter-stage pressure drop, inter-stage cooling temperature, liquefaction/pumping pressure, among
others. The implemented methods, i.e., the thermodynamic and economic models applied, are rigorously
validated and bench-marked against literature data. Contrary to former studies that focus mainly on reduction
of the work required for pressurisation, the presented method includes additional capabilities to assess CAPEX,
OPEX and the levelised cost of CO5 compression. The analysis shows that in some cases the minimum levelised
cost does not coincide with the minimum work. It is also demonstrated that for some cases the super-critical
compression/cooling/pumping case and the sub-critical compression/cooling/liquefaction/pumping pathways
provide optimal levelised cost compared to a multi-stage compression only case.

Keywords: CCUS, Carbon dioxide compression and pumping, Carbon dioxide liquefaction and transport,
Techno-economic analysis, Thermodynamic analysis, Process simulation and optimisation.
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OPEX Operational Expenditure

P Pressure or Power

PCC Post-Combustion (Carbon) Capture
PR Peng-Robinson

SAF Sustainable Aviation Fuel

SHE Shell & Tube Heat Exchanger

SS Stainless Steel

TPC Total Plant Cost

USD U.S. Dollars

VF Vapour Fraction

VLE Vapour Liquid Equilibrium
VOPEX Variable Operational Expenditure

1 Introduction

When captured CO, from, e.g., post-combustion capture [1]
is to be transported from the capture site to a final destina-
tion be it for injection into subsurface reservoirs for long-
term storage [2], for off-site utilisation into various e-fuels
such as e-methanol [3], e-methane or Sustainable Aviation
Fuels (SAF), for Enhanced Oil Recovery (EOR) [4] or other
means of storage or reuse, high pressure pipeline transport
above the critical pressure is found to be the most effective
method [5, 6]. To achieve such high pressure, the captured
CO, needs to be pressurised often by a factor of 100 or
more. When CO, is captured, it exits the capture facility
in a gaseous state, typically at 1-2 bar pressure for post-
combustion capture. Pressurisation via gas compression is
a straightforward choice. Provided sufficient compression
stages with applied inter-cooling, the pressure eventually
reaches the desired value for transport above the critical
point. Depending on the available cooling utility and the
achievable temperature, this will either result in COs in
the supercritical or dense phase region. Another option for
pressurisation is gas compression to a pressure below the
critical pressure, followed by cooling/liquefaction and liquid
pumping until the final pressure is reached (in the dense
phase region). A variant of this is gas compression to a pres-
sure above the critical point, yet below the final pressure,
followed by cooling below the critical temperature and
dense phase pumping to the final pressure. Finding the opti-
mal pressurisation pathway has been addressed in several
investigations [7-10].

Witkowski and Majkut [7] investigated 13 different CO,
compression concepts for post-combustion capture from a
900 MW pulverised coal-fired power plant including
heat integration. All cases considered compression from
1.51 bar to 153 bar. Some of their findings include a reduc-
tion in power by increasing the number of compression
stages, increasing power with higher inter-stage tempera-
tures, and also that a compression path from the initial
pressure to an intermediate pressure followed by liquefac-
tion and pumping to the final pressure offers significant
reduction in compression power. However, the authors do
not include a quantification of the compression power
required for the refrigeration cycle.

Martynov et al. [8] studied three different pressurisation
pathways for different CO,-rich streams from pure CO, and
post-combustion capture to increasing content of impurities
including pre-combustion capture to different oxy-fuel cap-
ture purities. The compression pathways included a multi-
stage compression pathway, a shock-wave compression
pathway, and a compression/cooling/liquefaction /pumping
pathway. All systems considered pressurisation from 15 bar
to 151 bar with the latter case including liquefaction and
pumping from 62 bar to the final pressure. It was found that
compression power increased moderately for increasing
impurity levels up to 4 v/v %. Further, increasing impuri-
ties up to v/v 15% results in significantly increasing power
requirement. The same trend was observed for the
required refrigeration compression power for liquefaction
at 62 bar.

Dlamini et al. [10] studied different pressurisation
pathways for pipeline transport of CO, including both pure
compression and sub-critical compression followed by
cooling/liquefaction /pumping to the final delivery pressure.
Pressurisation was from 4.6 barg in all cases. The effect of
number of compression stages, cooling temperatures,
pipeline back-pressure was investigated as well as different
heat integration methods. It was concluded that for the
compression/liquefaction/pumping pressurisation pathway,
a liquefaction pressure of 45 bar was optimal using three
compression stages (and a two-stage refrigeration process),
whereas a compression only case with eight stages was
marginally better when the cooling in inter-stage coolers
occurred at 35 °C. When the cooling temperature was
lowered to 25 °C and 10 °C, respectively, the subcritical
compression /cooling /liquefaction/pumping become ener-
getically more favourable with savings of 10% and 27% in
work duty, respectively.

From the review of prior studies it appears as the depen-
dent parameter of primary interest has been the power con-
sumption. To the best of our knowledge, rigorous combined
investigations considering a plethora of variables and
responses of both technical aspects, such as power consump-
tion, as well as economic aspects, such as Capital Expendi-
ture (CAPEX), Operational Expenditure (OPEX) and
levelised cost of pressurisation, is very sparse. One exception
being the work of Magli et al. [11], who studied the com-
bined compression and purification of oxy-fuel based cap-
ture on cement plants.

Considering the vast amount of parameters that affects
the pressurisation pathway, we present a rigorous modelling
framework that is flexible and can handle any combination
of parameters, like inlet/outlet pressure, pressurisation
pathway (compression only or compression, cooling/lique-
faction and pumping), cooling temperatures, pressure drop
in compression stages, different number of compression
stages, all based on open source software. In addition, an
integrated approach for estimating equipment and total
plant costs that relies on methods and databases openly
available and documented is described and applied. Thus,
the presented tool does not rely on proprietary closed source
black-box models or databases for full transparency and
clarity.
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Fig. 1. General CO, pressurisation cycle. The flowsheet is generated using pyflowsheet [12].

2 Methods
2.1 System description and parameters investigated

The main purpose of the simulation program presented in
this study is to analyse the compression of CO, from low
to high pressure suitable for pipeline transport. The pro-
gram is flexible in the sense that the number of compression
stages can be specified. The program also includes mod-
elling of liquefaction of CO, at any pressure below the crit-
ical point with subsequent pumping to the final desired
pressure. The program calculates required compression
power, cooling duty, liquefaction duty as well as refrigera-
tion power (by refrigerant vapour compression) and pump-
ing power. In addition, the program provides CAPEX
estimates, OPEX estimates, and it calculates the Levelised
Cost of COy Compression (LCOCC). This allows a full
techno-economic analysis providing a basis for minimizing
both energy and levelised cost of transporting CO..

A schematic process flow diagram visualising the capa-
bilities of the simulation model is shown in Figure 1. The
process pressurises carbon dioxide from feed, P, to final
pressure, P,,;. A CO, stream, either pure or with impuri-
ties, delivered at a specified pressure and temperature
(Pin, Treea) enters a multistage compression process with n
number of compression stages. In each stage, the fluid is
compressed (isentropic) with a specified isentropic effi-
ciency, €. The discharge of each compression stage is
cooled /inter-cooled to a specified temperature Tj,, which
is the inlet of the succeeding compression stage. The pres-
sure drop, dP, for each compression stage can be specified,
and the pressure drop is assigned to the inter-cooler. The
number of stages is an integer equal to or larger than 1.

If the pressurisation to the final pressure is selected to be
by vapour phase/supercritical compression only, the fluid
leaving the last compression stage is routed to export/

pipeline at the final specified pressure. However, if the input
to the simulation specifies liquefaction before final pressuri-
sation wia liquid pumping by specifying a liquefaction pres-
sure Py, below the critical point, the part of the process
named “Cooling, liquefaction and pumping” is activated.
The involved streams are thick in the schematic. In that
case, the fluid compressed in vapour phase is condensed
via a refrigeration cycle followed by pumping to the final
desired pressure. The process flow diagram in Figure 1
shows the inclusion of an economiser upstream the bulk
fluid condensation. This is optional, and the program also
allows routing the pressurised liquid directly to export/
pipeline, hence bypassing the economiser. The two main
pressurisation pathways are illustrated in Figure 2.

The condensation of the COy-rich stream is facilitated
by a single stage mechanical vapour compression refrigera-
tion cycle named “Refrigeration” in Figure 1. For the refrig-
eration cycle the key parameters are the isentropic
compressor efficiency, the condenser temperature and
sub-cooling temperature, the refrigerant evaporator tem-
perature (CO, condenser) and the super-heating in the
evaporator. Different working fluids can be selected, but
in the present study only ammonia/R717 is utilised. Alter-
natively, the liquefaction can be provided by an open or
auto-refrigerated cycle using the CO, itself [13] which
may offer benefits, since the external closed-cycle refrigera-
tion can be avoided and less rotating equipment is needed,
lowering complexity, maintenance and potentially CAPEX.
However, open cycles for COs liquefaction seem only to be
competitive in terms of levelised cost, when the liquefaction
occurs below 15 bar [14], although other factors may be
influential such as the level of CO5 impurities, the cooling
system used, and the scale of operation. Although the use
of open cycles is outside the scope of the current study,
future investigations could be relevant.
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Fig. 2. Different pressurisation pathways from 1.5 bar to 151 bar shown in a pressure-enthalpy diagram for CO,, (A) pure
compression with inter-cooling with fixed stage pressure ratio, (B) compression to 45 bar followed by cooling/condensation

(liquefaction) and final pumping.

Table 1. Key simulation parameters.

Parameter Unit Description

m ke /s Mass flow of CO; to be pressurised.

P Pa The feed pressure of the un-pressurised COs.

T K The feed temperature of the un-pressurised COs, also used for the inter-cooling temperature.

Prina Pa The final pressure of the pressurised CO,.

Py, Pa The liquefaction pressure. If set, this is used as the final pressure of the compression part of
the pressurisation at which the CO, is liquefied and pumped to the final pressure.

Tiiq K If Py, is above the critical point, this parameter specifies the temperature the CO, is cooled to

before being pumped in the dense phase region.

dP Pa Pressure drop applied to each compressor after/inter-cooler.

Nstage - Number of compression stages. Integer value.

€comp - Isentropic efficiency of the CO5 compressors. Decimal value between 0 and 1.

€pump - Isentropic efficiency of the liquid/dense phase CO, pump. Decimal value between 0 and 1.

Erefrig - Isentropic efficiency of the refrigerant compressor. Decimal value between 0 and 1.

Toun K Sub-cooling in the refrigerant condenser.

Toup K Super-heating in the refrigerant evaporator (CO, condenser/cooler).

Teond K Condensing temperature of the refrigerant.

Tomb K Ambient air temperature. Used for calculation of air cooled heat exchangers.

Teool K Cooling medium temperature. Used for calculation of Shell & Tube heat exchangers.

A variant that still employs refrigeration cooling and
pumping is if a pressure Py, above the critical point, still
below the final pressure is specified accompanied by a spec-
ified cooling temperature Tj;,. Obviously, co-existing
vapour and liquid is not possible above the critical point,
but the CO, stream is cooled from the last compression
stage into the dense phase region before final pumping to
the specified final pressure.

A summary of the key simulation parameters is given in
Table 1. Perhaps the most interesting parameters are: the
number of compression stages n, and the inclusion of lique-
faction at a specified pressure Py, Further, the choice of
compressor cooling temperature Tj, as well as the magni-
tude of the pressure drop in each compression stage after/
inter-cooler are also of particular interest.

2.2 Thermodynamic model

In order to calculate thermodynamic properties as well as
VLE behaviour, an adequate equation of state is required.
In the current work CoolProp [15] is used as the main ther-
modynamic back-end. The option of using REFPROP [16]
is also possible in any case calculations are required for mix-
tures in the two-phase region. Both tools use Helmholtz
energy formulations for modelling pure components and
mixtures. For pure CO, the Span-Wagner equation of state
is employed [17], for mixtures the method of Lemmon [18§]
and Kunz [19] is used. For mixtures with CO, the binary
parameters in both CoolProp and REFPROP have been
updated with those from EOS-CG [20] and later estima-
tions by Herrig [21].
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2.3 Main simulation program

The pressure ratio for each compression stage is assumed to
be constant. Thus, for a specified inlet and final outlet pres-
sure of a multi-stage compression process with n stages, the
total pressure ratio, Pry., can be expressed in terms of stage
pressure ratio

Prioy = Pri,.. (1)

The individual stage pressure ratio, Pryage, is

Prstagc = \u/ Prtot» (2)

In case each compression stage has an associated constant
absolute pressure drop, dP, the pressure ratio for each stage
needs to be higher, compensating for the built-in pressure
drop, in order to achieve the specified total pressure ratio

of the multi-stage compression, i.e., Pry; < Pr;;age. For
stage 7 the outlet pressure, Py 4, is given as:
Pout.,i = Prstagcpin,i —dP (3)

with the final pressure, P, ,, calculated as

= (P'rstagcpin,i - dP)

Pout,n = Pin P
: in,i

i=1

(4)
or alternatively as

Pout,n - Pin + Z (Prstagepin,z' —dP — Pinﬂl)- (5)
i=1

2

The above equation is solved for Pry,s. using the Newton-
Raphson method.
For each compressor (and pump) the required power,

Weomp, is calculated by:
€

comp —

The specific enthalpy at discharge conditions, Agischarges 15
the enthalpy change for an ideal isentropic compression pro-
cess added to the specific enthalpy at suction conditions
hsuetion- The compressor/pump discharge temperature can
be found from a constant pressure/enthalpy process, with
enthalpy at discharge are conditions specified as

dH ideal
hdischarge = hsuction + € . (7)

The cooling duty, Q.ol, for a specific process is modelled as
Qcool = m(houtlet - hinlet)' (8)

Both inlet and outlet specific enthalpies are calculated from
known pressures and temperatures. In case there is a pres-
sure drop applied over the cooler, the pressure at outlet con-
ditions is adjusted accordingly. For the economiser, the
duty is calculated for a counter-current heat exchanger as
the lowest of hot side or cold side pinch, using a pinch tem-
perature of 5 °C. The refrigeration cycle is solved using the
CoolProp built-in solver for a simple compression cycle with
four cycle states.

The simplified logic and execution flow of the program is
visualised in Figure 3. For each calculation step/unit oper-
ation considered, i.e., compression, cooling, pumping, the
fluid state is recorded both in and out of each operation
as well as any required power input (compressor/pump)
or heat exchanged (coolers/heat exchangers). The simplest
calculation is if no refrigeration/liquefaction/pumping (i.e.,
via Py,) is specified as well as if no pressure drop dP in com-
pression stages/ coolers is specified and only compression is
considered from inlet conditions P, to the final desired
pressure Peomp = Prna. The compression process with n
stages is calculated one stage at a time with a fixed pressure
ratio P..i0- For each stage 4, until the final stage is reached,
i.e., 1 = n, the stage inlet conditions are updated from the
previous stage output and each stage is calculated in an
iterative way. Liquefaction and pumping is activated if
Py < Pgna and Pyq is below the critical pressure of the
CO; stream. The liquefaction temperature, Ty, is calcu-
lated at Py, and a CO, vapour fraction (VF) equal to 0.
The process includes calculation of the required refrigera-
tion cycle, where the Coefficient of Performance (COP) is
the key output that enables scaling of the refrigeration cycle
energy/power requirements based on the latent heat of the
COs condensation. The diagram does not show the com-
plexity of the inclusion of the economiser (heat exchanger)
upstream the liquefaction process. In case P is set above
the critical pressure, a refrigeration process may still be
invoked by specifying a cooling temperature, Tj, for cool-
ing the supercritical CO4 exiting the last compression stage
into the dense liquid region. This is only invoked if the spec-
ified Ty is below the refrigeration cycle condenser temper-
ature, T,,,q and below the coolant temperature pinch,
Teoot + 10 K.

For all calculations the CoolProp Python wrapper is
used. For each state change (cooler, compressor, pump,
valve) the properties at the new state are recorded. If using
REFPROP as back-end, this is done wia the CoolProp
wrapper. The CoolProp back-end is applied only for pure
CO,. The VLE algorithm in CoolProp does not work well
for mixtures (VLE) and in that case REFPROP can be
used. REFPROP can be specified to be used for both pure
CO, and mixtures. This work is a continuation of previous
works [22, 23] with the purpose of building useful engineer-
ing tools on top of high quality open source software pack-
ages. The implemented program is developed entirely in
Python 3 and also relies on other open source python pack-
ages such as pandas [24], matplotlib [25], ht [26], fluids [27],
scipy [28] and numpy [29].

2.4 CAPEX estimation method

In this study, the capital cost of equipment is estimated
using the methods published by Woods [30]. The equipment
cost database by Woods is perhaps the most comprehensive
collection available in the public domain [31]. Other compa-
rable database is Peters' accompanying Peters [32]. The
advantage of the Woods database is that specific formulae
and scaling relations are provided for each piece of equip-
ment, whereas Peters database is more like a black-box

! http://www.mhhe.com /engcs/chemical /peters/data,/ce.html
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not exposing the underlying cost relations. Alternatively,
commercial databases such as Aspen Icarus/Aspen Capital
Cost Estimator can be used. Based on internal benchmarks
against purchased and installed equipment, the Woods
database provides satisfying results.

Prig = Prinai

In Woods [30], the equipment cost in Carbon Steel (CS),
Crq,cs» is provided in USD at a reference CEPCI index of
1000. This is also referred to as Free On Board (FOB).
For most equipment, a base equipment cost is provided
for a reference capacity (flow, weight, power, heat transfer
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Table 2. Main applied equipment cost relations reported for carbon steel cost in USD and a CEPCI index basis of 1000.

Equipment Crq.csret (USD) Capacity Capacity,ef Unit n Range
Vessel 100,000 m 8,000 kg 0.65 m € [400, 200,000]
SHE 70,000 A 100 m? 0.71 A €[5, 2300]
ACHE 70,000 A 100 m? 0.39 A € [10, 10,000]
Compressor 1,350,000 P 1,000 kW 0.9 P € [2, 7000]

10,300,000 P 10,000 kW 0.71 P € [7000, 25,000]
Pump As compressor

area etc.) with scaling to the actual capacity provided by an
equipment (and capacity) specific sizing exponent, n:

Capacity \"
Capacity,;/)

CEq,CS = CEqCS,ref( (9)

The parameters sourced from Woods [30] relevant for the
present study are summarised in Table 2 along with their
applicable ranges. The cost relations are commented in
the following. In case the upper limit of the applicable range
is exceeded for heat exchangers, the required heat transfer
area is distributed across several units with the same size,
with the individual surface areas summing up to the total
required surface area. The heat exchanger costs were esti-
mated based on the overall heat transfer values, U, detailed
in Table 3 and a Logarithmic Mean Temperature Difference
(LMTD).

The applicable power, P, (kW) range in Woods [30] for
the cost relations for centrifugal compressors was proposed
as [2, 4000] and [8000, 25000]. For the purpose of the pre-
sent study, the two relations were extrapolated up and
down, respectively, in order to cover the gap [4000, 8000]
by finding the cross-over point between the two relations.

After correcting to an actual CEPCI index of 831.7 (mid
Q2 2022), the total installed cost is estimated using the
Enhanced Detailed Factor (EDF) method developed by
Nils Henrik Eldrup (USN and SINTEF Tel-Tek) and
described and applied elsewhere [35, 36]. The EDF method
is an equipment factored method and as such a further
development of the original Hand method [37]. Compared
to other versions of the Hand method, e.g., the method
and factors proposed by Woods [30] where installation fac-
tors are equipment specific and fixed regardless of equip-
ment size/cost, the EDF installation factors are
dependent on the equipment cost instead of type. For the
EDF method, the installation factors are high for less
expensive equipment and vice versa, lower for more expen-
sive equipment.

The cost estimation using the EDF method is briefly
summarised in the following. The total installation factor,
Fr cs, is a function of the equipment cost for a single piece
of equipment in carbon steel is found in Table 4 for all
equipment. Using the installation factors in Table 4, the
equipment cost was first corrected to 2020 (using a CEPCI
index of 596.2) since the installation factors are on a 2020
basis as described in [38§].

For equipment in other materials, a corrected installa-
tion factor, Fir other mat., Was calculated in accordance with

[36]:

FT,othermat. = FT,CS + (ﬁ\I - 1)(1 +fpp-,cs) (10)

where, fyr is the materials factor ¢f. Table 5 for accounting
for materials other than carbon steel. This applies to the
equipment cost and piping costs. A piping installation fac-
tor, fop.cs, relative to equipment cost is also included in
Table 4.

The total plant cost, TPC, was then found by summing
over all equipment, both CS and other material, multiply-
ing equipment cost with the corresponding installation
factor:

n
TPC = Z FT,other mat. CEq.other mat.
i=1
+ ZFT,CS Crqcs- (11)

=1

The method described above has been previously imple-
mented and applied by the main author [39] for CAPEX
estimation of a biogas upgrading facility including COq
compression and heat-pumps and for CO, compression lig-
uefaction via different open and closed liquefaction schemes
[14].

2.5 OPEX and levelised cost calculation

For case comparison the total CAPEX is used as one indi-
cator. However, the total CAPEX does not consider annu-
alised costs. Annual costs include several other factors such
as fixed operations and maintenance cost (FOPEX), vari-
able operations and maintenance cost (VOPEX) in addi-
tion to the annualised CAPEX. A Levelised Cost, for the
purpose of this study referred to as Levelised Cost of CO,
Compression, LCOCC, factors this in. Especially the vari-
able cost of electricity required for compression, refrigera-
tion and pumping is an important factor. For example a
high CAPEX case with low power requirement may provide
a lower LCOCC than a low CAPEX case with high power
requirement (depending on the difference in CAPEX and
the cost of electricity). In this study we use the following
simplified definition of levelised cost in analogy with
NREL’s Levelised Cost of Energy (LCOE) [40] which
assumes overnight capital cost and O&M costs being invari-
ant over the years®. The LCOCC is given as:

CRF - TPC + O&Mﬁxcd + O&Mvariablc
lyear . :
t=0

LCOCC =

(12)

2 https://www.nrel.gov/analysis/tech-lcoe-documentation.html
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Table 3. Equipment selection and key assumptions and key sizing parameters applied for cost estimation.

Equipment Basis

Key sizing parameter

Pumps

Centrifugal API-610 BB3/BB5 pump type. Assumed

Pump power (kW)

isentropic efficiency adding 3% for friction losses and

estimated losses in e-motor.
Heat exchangers
in condensing
service
Compressor

Air Cooled Heat Exchanger (refrigerant condenser)
or Shell & Tube with U = 1000 W/m? K.

Centrifugal type with assumed isentropic efficiency

Heat transfer surface area (m?) from
LMTD, U-value and heat duty (kW)

Compressor duty (kW)

adding 3% for friction losses and estimated losses in

e-motor.

Heat exchangers
in gas service U = 500 W/m? K.
Compressor

suction scrubber

Air Cooled Heat Exchanger or Shell & Tube with

Dimensioning using GPSA method [33]. The
diameter is estimated from a K-value of 0.1 m/s.

Heat transfer surface area (m?) from
MTD/LMTD, U-value and heat duty
(kW)

Gas volumetric flow, pressure and gas
density

Vessel wall thickness is estimated using ASME
BPVC [34] and selected material properties. Vessel
weight is estimated on shell and ends adding 30% for

supports and nozzles.

Table 4. EDF method installation factors as a function of
FOB equipment cost in carbon steel and associated piping
installation sub-factor. Values are on a 2020 basis and
sourced from [36].

Equipment cost Installation factor Piping factor

Crq,cs (K€) Frcs Jop.CS
0-10 14.98 2.24
10-20 10.12 1.54
2040 8.54 1.22
40-80 7.22 0.96
80-160 5.89 0.76
160-320 4.92 0.60
320640 4.19 0.48
640-1280 3.63 0.38
12802560 3.19 0.30
2560-5120 2.84 0.23
5120- 2.56 0.19

In Equation (12), CRF is the capital recovery factor;
TPC is the overnight capital cost as calculated from Equa-
tion (11); O&Mjg,eq is the yearly fixed Operations and
Maintenance cost invariant of the plant load/capacity
and O&M, . iable 18 the yearly Operations and Maintenance
cost that scales with plant load. The denominator in Equa-
tion (12) is the yearly amount of pressurised COs, which we
set as the nominal mass flow (kg/s) integrated over the
year, assuming 100% availability, i.e., 8760 h at the design
rate. The variable O&M costs will, for simplicity, be set at
the cost of electricity to power compressor, and eventual
refrigeration /pumping.

Table 5. Material factors sourced from [36]. Stainless
steel for all equipment and piping is assumed welded,
except for rotating equipment which assumes machined
material. All equipment is assumed to be stainless steel
except the heat pump which is assumed in carbon steel.

Material Material factor, fy
Carbon steel 1.0
Stainless steel (welded) 1.75

Stainless steel (machined) 1.30

The capital recovery factor is defined as:
i(1+4)"

F=—1 7
CR (1+4" -1

(13)

where 4 is the interest rate and n is the number of
annuities over project lifetime. In this study, the interest
is set to 8% (i = 0.08) and the project lifetime is set to
20 years (n = 20). The fixed O&M cost is often expressed
as a fraction of the overnight costs. Typical values quoted
are in the range 2-6%, depending on the source of infor-
mation and the process plant type [32, 41, 42]. For sake
of simplicity, other fixed costs such as insurance, property
taxes, rent of land etc., have not been specifically
accounted for; however in the present study O&M costs
are fixed to 4%.

3 Results and discussion
3.1 Simulation model validation

The implemented simulation model is tested against a num-
ber of references as well as an auto generated case. The first
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Fig. 4. Two stage compression process modelled in DWSIM.

validation is against a simple compression model as imple-
mented in DWSIM 8.5.1. [43] applying the CoolProp prop-
erty package. Validation and justification of DWSIM is
outside the scope of the present study and can be found
in, e.g., reference [44]. The validation case is a two-stage
compression process compressing 100 kg/s of pure COq
from 10 to 39 bar with inter-stage cooling to 40 °C and a
total pressure drop, dP, of 1 bar. The isentropic efficiency
in both compression stages is set to €comp = 0.75. The pro-
cess is shown in Figure 4 and the results are compared in
Table 6.

As seen, the results match almost perfectly, which is not
a big surprise since the same thermodynamic model is used
in both cases and the modelling of compressors and coolers
is done in the same way.

The simulation model presented in this study is further
bench-marked against a number of literature studies: cases
with compression only as well as cases with liquefaction and
pumping to the final desired pressure are included. Further,
cases considering pressure drop and a single case with signif-
icant amounts of impurities are also modelled. The cases
have been sourced from literature [8-10]. The case settings
and simulation results are summarised in Table 7, including
results obtained with the model of the present study. As
seen, the simulation model compares well with the litera-
ture cases with a maximum deviation of 1.4%, which is con-
sidered acceptable also taking into account the different
equations of state applied in the modelling.

3.2 Economic model bench-marking

There is apparently no data available in the open literature
and public domain on actual installed costs of CO5 com-
pression systems for high pressure/dense phase pipeline
transport, despite a reasonable amount of EOR projects
both in the US and Australia making direct comparison
between the implemented cost model and real data chal-
lenging. Nevertheless, in the following we take a step-wise
approach in building confidence in the implemented cost
model by first reviewing available data for compressor costs
from vendor data, to estimation of full compression system
total plant cost and comparison against literature and other
software cost models, to finally comparing levelised cost
estimates against published studies.

3.2.1 Compressor equipment CAPEX

As part of the EU 7th framework programme project
CO2Europipe, OEM budget quotes from Siemens for differ-
ent CO, handling capacities ware published [45, 46]. The
data pertained to seven-stage integrally geared compres-
sors, compressing COy from 1.9 bar to 150 bar [45], with
inter-stage cooling applied to 32 °C [45]. Different capacities
of 1.5, 3, 6, and 12 MMtonnes/year were considered and
quoted. For 1.5 and 3 MMtonnes/ year, a single compression
train was considered and for 6 and 12 MMtonnes/year 2
and 4 parallel trains were considered, respectively. The
compressor cost model applied in the present study, cf.
Table 2, is compared to the data from the CO2Europipe
project in Figure 5.

As seen in Figure 5 for the lower capacities, the imple-
mented compressor equipment cost model matches OEM
data for integrally geared compressors quite well. From
1.5 to 12 MMtonnes/year, the over-prediction of the model
increases somewhat, suggesting that the economy of scale
built into the model is possibly slightly pessimistic. For
the higher flows of 6 and 12 MMtonnes/year, which is sim-
ply two and three 3 MMtonnes/year units in parallel, the
discrepancy increases even more, suggesting that the
OEM has factored in some synergies and discounts when
ordering more of the same unit. This is not factored in with
the applied cost model.

For inline/barrel type centrifugal compressors, the cost
model is compared to an in-house database of installed or
quoted equipment costs. The results are shown in Figure 6.
Error bars have been added to the calculated values to visu-
alise the £30% accuracy suggested by Woods [30] for the
applied cost relations. As seen from the results, the majority
of the compared cases are within the claimed accuracy of
the cost relations. However, the data source is sparse, and
solid conclusions can not be drawn. Nevertheless, it seems
that the model tends to under-predict compressors in the
lower driver power range, while the opposite holds for the
higher end of the driver power range. While it is often
claimed that integrally geared compressors have a lower
CAPEX, the data presented in Figures 5 and 6 does not
appear to support a general conclusion on this matter. How-
ever, a secondary effect is that integrally geared compres-
sors can achieve higher efficiencies. Thus, a lower driver
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Table 6. Comparison of simulation results between the current model and DWSIM.

Parameter DWSIM (kW) This study (kW) Difference (%)
Stage 1 power 5744.6 9745.5 0.016
Stage 2 cooling 6602.7 6603.8 0.017
Stage 2 power 5487.8 5486.8 —0.018
Stage 2 cooling 7477.1 7475.9 —0.016
Table 7. Simulation model validation against literature data.

Parameter Unit Pure CO, Pure CO, Oxyfuel PCC Pure CO,
Source 8] 8] 8] 9] [10]
Inlet pressure bar bar 15 15 15 1.01 4.6
Final pressure bar 151 151 151 90 130
Liquefaction pressure bar N/A 62 N/A N/A 25
Inter-cooling temperature °C 38 38 38 10 35
Compressor stages No. 4 2 4 8

Pumping stages No. 0 1 0 0 1
Stage pressure drop bar N/A N/A N/A 0.5 0.1
Equation of state PR PR PR TREND PR
Compressor efficiency % 80 80 80 85 75
Pump and compressor power kWh/tCO, 36.9 32 39.6 92.9 62
Power — this study kWh/tCO, 36.85 32.1 39.1 91.6 61.3
Difference % 0.14 —0.31 1.3 1.4 1.1

PR: Peng-Robinson. [8] uses PR in REFPROP, [10] uses PR in Aspen HYSYS. Oxyfuel: Composition is 96.78% COs.
For simulation in this study REFPROP has been used as back-end in CoolProp. PCC: Post Combustion Capture. The
source uses 99.99% pure CO, but the validation is against 100% pure CO,. The power reported from [10] is total power
including refrigeration compressor power in addition to compression and pumping power. Value read from graph.

70
EZZm Siemens

+19%
6o | B3 This study 3

CAPEX (10° USD)

1.5 3 6 12
Carbon dioxide flow (10° tonnes/year)

Fig. 5. Calculated equipment cost compared to OEM data for
compression of CO, using integrally geared compressors. OEM
data is sourced from reference [45]. All cost are on a year 2010
basis (CEPCI = 550.8). Stainless steel has been assumed for
compressor casing material.

power may be required for an integrally geared compressor
compared to an in-line version, resulting in CAPEX
savings.

3.2.2 Compressor system total plant CAPEX

For the full compression system, a comparison is made
against the Integrated Environmental Control Model
(IECM) developed for the U.S. Department of Energy’s
National Energy Technology Laboratory (DOE/NETL)
by Carnegie Mellon University and University of Wyoming
[47]. Data has been generated for a four-stage compression
of CO, up to 159 bar with an inter-cooling temperature of
35 °C [48] and a compressor efficiency of 80%. The inlet
pressure to the compression system in IECM is not clearly
stated, but since it is coupled with MEA-based amine cap-
ture, an assumed inlet pressure of 1.5 bar seems reasonable.
The IECM model is set up with a maximum compressor
duty of 20 MW driver power and so is the model of this
study. The comparison between calculations and the IECM
model is depicted in Figure 7. From the CAPEX data, the
discontinuous nature of the cost models is clearly visible.
When the mass flow reaches certain levels, the power sur-
passes the maximum allowable drive power, and a parallel
train is added. This occurs at approximately 60 and
120 kg/s. As seen, the two approaches match remarkably
well, with the only exception being the point at 120 kg/s.
This is likely due to slight differences in the models, which
means the point when the total required power surpasses a
multi-plum of 20 MW is a bit off.
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Fig. 6. Calculated cost compared to OEM data for centrifugal
in-line/barrel-type natural gas compressors. OEM data is
sourced from internal database. All cost are on a year 2010
basis (CEPCI = 550.8). Carbon steel has been applied for
compressor casing material.

Due to lack of CAPEX data for actual constructed CO,
compressor stations, data has been sourced for three natural
gas compressor stations: The Egtved compressor station in
Denmark, the Wertingen compressor station in Germany
and the Everdrup compressor station in Denmark. Key fig-
ures for the three compressor stations are summarised in
Table 8. The costs for Egtved have been published by the
EPC contractors [49, 50], whereas the cost for the Wertin-
gen station is published by the owner/operator [51]. The
cost data shown for the Everdrup station is for the FEED
design [52]. The EPC tenders have also been published
and are approximately 111 and 174 MMUSD (in 2023
value), clearly showing a large spread and also highlighting
the large uncertainties in these projects, even when FEED
design has been passed. CAPEX calculated within the pre-
sent study is compared to the available figures in the public
domain. The results are shown in Figure 8. The calculated
CAPEX is based on a single compression train modelled
with the same single compressor duty as shown in Table 8
for each station and then multiplied with the number of
parallel trains. As seen, the current model matches quite
closely the data for the Egtved and the Everdrup compres-
sor station, whereas there is a significant difference between
the calculated and published numbers for the Wertingen
compressor station. The reason for the larger difference
for this particular case can be difficult to dissect, although
one reason may be that costs in addition to the EPC con-
tract have been included, i.e., owners cost, working capital
etc. While our model matched FEED /EPC cost estimates
quite well, additional cost may be considered to be added
to match the total owners cost.

3.2.3 Levelised cost

The present model is compared against published cost esti-
mates (CAPEX) as well as LCOCC. For bench-marking
purposes, data is sourced from two references [53, 54].
The first bench-marking is made against data from

=== This study CAPEX  J
100 { ® IECM model CAPEX e
— Power g

80+

60 4

40

TOTAL CAPEX (108USD) / Power (MW)

204

T T T T
20 40 60 80 100 120 140
CO; mass flow (kg/s)

Fig. 7. Calculated compression system cost compared to results
from IECM. Stainless steel has been assumed.

Hendriks et al. [53]. They presented levelised cost estimates
of a four-stage compression process from 1 to 120 bar. They
used simple equations for both compression power and total
CAPEX. Details about key input are given in Table 9,
while calculation output compared to data generated with
the simulation program of the present study is summarised
in Figure 9. All values of the present study have been
adjusted to 2005 costs using a CEPCI index of 444 and
an exchange rate from USD to Euro of 0.806 Euro/USD.

As seen in Figure 9, both the data from Hendriks et al.
[53] and the data from the present study show a decreasing
levelised cost from the lowest to the highest flow. However,
there are also noticeable differences. While the data from
[53] shows a smooth monotonically decreasing levelised cost
as a function of increasing mass flow compressed, the model
of the present study is not monotonic. At certain mass flows
the levelised cost increases despite an increase in mass flow.
This occurs when the cost function adapted in the present
study reaches the upper limit of the validity. The imple-
mented compressor cost model has a maximum applicable
power of 25 MW. If the required power is higher than this,
the mass flow is assumed to be split in two proportionally
smaller compressors to avoid exceeding this limit. Due to
economics of scale built in to the cost function this results
in an increase in cost (smaller units have a higher cost per
kW). The cost model in ref. [53] does not have an upper
limit of this kind despite the power exceeding 60 MW at
the highest CO, flows. Such a large single unit compressor
is not considered realistic, and it gives a good explanation
why the present model has higher levelised cost from
70 kg/s and above compared to the model of Hendriks
et al. [53]. At mass flows below 60 kg/s, the model of
Hendriks et al. shows higher levelised cost than the present
study. The main reason for this is the power law exponents
used in [53] to account for economy of scale, which is
between 0.3 and 0.4 independent on the compressor capac-
ity /power whereas in the present study such exponents are
0.9 at power up to 7000 kW and 0.71 for higher compressor
power.

Another study which uses a modified version of the cost
function introduced by Hendriks et al. is the study of
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Table 8. Total CAPEX for three natural gas compressor stations.

Egtved Wertingen Everdrup
Source [49, 50] [51] [52]
Cost year 2010 2019 2018
Total power (MW) 25.2 33 49.5
No. of Compressors 4 3 3
Stage power (MW) 6.3 11 16.5
CEPCI 550.8 607.5 603.1
CAPEX (MMUSD) 67 115 94
CAPEX 2023 (MMUSD) 98 151 125
180 -
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Fig. 8. Calculated cost compared to data available for actual
constructed compressor stations available in the public domain.

Table 9. Input data for comparison between the present
study model and that of Hendriks et al. The isentropic
efficiency has been adjusted to match an informed
compression power requirement of 416 kJ /kg as used by
the authors [53].

Parameter Unit Ref. [53]
Py, bar 1
P, final bar 120
T °C 35
Nstage - 4
€comp - 0.72
Cost year - 2004
Discount rate - 0.10
Depreciation period years 15
O&M factor - 0.04
Electricity cost Euro/kWh 0.04
CF - 0.97

McCollum and Ogden [54]. They studied COy compression
from 1 bar up to the critical pressure followed by pumping
to a final pressure of 150 bar. Input and calculated output
are summarised in Table 10. As seen from the Table 10, the

CO; mass flow (kg/s)

Fig. 9. Levelised cost of CO, compression. Comparison between
values calculated in the present study with those of reference
[53].

two different approaches compare very well in terms of leve-
lised cost, with the present study predicting slightly higher
levelised cost. This minor difference is partly due to the pre-
sent study predicting slightly higher annualised CAPEX
and also slightly higher variable O&M costs. The latter is
directly related to the applied cost of electricity and the pre-
dicted power requirement. Since the electricity cost is the
same, apparently the study of McCollum and Ogden pre-
dicts lower power consumption, most likely due to a simpli-
fied single equation power model. It is also interesting to
note that the variable O&M cost related to power require-
ment is the dominating factor in the levelised cost (60%),
but obviously very sensitive to the choice of electricity cost.

3.3 Carbon capture compression case

The first case studied is a case where only compression is
considered from 1.5 to 150 bar, i.e., no liquefaction/pump-
ing. The effect of number of compressor stages is studied in
combination with different inter-stage pressure drop being
applied to investigate the effect of this parameter, i.e., pres-
sure drop, on the number of compression stages. In this
case, a CO, flow of 100 kg/s is considered and an isentropic
compressor efficiency of 80% is applied. Compressor dis-
charge cooling is achieved by means of air-cooled heat
exchangers with a discharge temperature of 38 °C and an
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Table 10. Input data and calculated levelised costs for comparison between the present study model and that of
McCollum and Ogden [54]. The basis for cost is the year 2005. A CEPCI index for 2005 of 468.2 has been applied to

achieve the same cost basis.

Parameter Unit Ref. [54] This study
mco, tonnes/day 5000

Py bar 1

Py bar 73.8

Proal bar 150

T, °C 40

nstage - 5

€comp - 0.75

Cost year — 2005

CRF - 0.15

O&M factor - 0.04

Electricity cost Euro/kWh 0.065

CF - 0.8

LCOCC USD/t CO, 10.99 11.63
O&M,., USD/t CO, 6.81 7.01
O&Mjieq USD/t CO, 0.88 0.97
Annualised CAPEX USD/t CO, 3.3 3.65

ambient air temperature of 23 °C. For the techno-economic
analysis 20 years lifetime, an interest rate of 8%, an annual
fixed OPEX of 4% of total CAPEX, a CF of 1 and an elec-
tricity cost of 65 USD/MWh are considered. The CEPCI
index is set to 800.6 corresponding to approximately mid
2023. This CEPCI index is used throughout the remaining
sections of the present study.

The key indicators, i.e., total compression power, max-
imum compressor discharge temperature, total CAPEX
and LCOCC are investigated as a function of compression
stages (1-10) and for different levels of compressor inter-
stage pressure drop (due to piping, coolers and scrub-
bers/coalescers). The simulation results are shown in
Figure 10.

In Figure 10 a number of informative findings appear.
As seen from the maximum compression stage temperature
(highest of all stages), all cases with four or more stages
appear feasible with little effect of the applied inter-stage
pressure drop. When zero pressure drop is applied, the min-
imum power is found at the highest stage number. How-
ever, with increasing pressure drop between stages, the
optimal number of compression stages decrease. The reason
for this is that the cumulative pressure drop for a certain
level of stage pressure drop is higher for a higher number
of stages. Limiting the number of stages also limits the
cumulative pressure drop. Thus, a trade-off appears
between a higher number of stages being optimal in terms
of compression power and on the other hand a lower num-
ber of stages limit the cumulative pressure drop (and hence
the power penalty to overcome this pressure drop).

In terms of the total CAPEX the optimum number of
stages is four (ignoring the infeasible optima for the highest
inter-stage pressure drop due to too high discharge temper-
ature). From this point, and with increasing number of

stages, the number of equipment needed increases, i.e.,
more coolers and more inter-stage scrubbers/coalescers
are needed, driving up the CAPEX despite the compression
power and hence the CAPEX for the rotating machinery
alone decreases. When looking at the aggregate number of
LCOCC which factors in both CAPEX and power (via
OPEX), it is seen that there is a similar trend as for power:
the higher the pressure drop, the less stages are required for
minimal LCOCC. It is worth noting that the minimal
LCOCC is found at a lower stage number than the minimal
power due to the CAPEX generally being optimal at four
stages. As an example, the LCOCC optimal number of
stages, even with no pressure drop applied, is eight com-
pression stages, even though power minimisation requires
more stages.

The results for zero pressure drop is in line with results
from Dlamini et al. [10] who also showed that the compres-
sion power generally decreased at increasing number of
compression stages, although the granularity in terms of
number of stages investigated was lower than in the present
study.

In the study of Jackson and Brodal [9] the authors inves-
tigated the effect of the number of compression stages with
a fixed stage pressure drop of 0.5 bar for post-combustion
capture and found that nine stages were optimal in terms
of power when starting from 1 bar. Adding one more com-
pression stage, i.e., 10 stages in total, resulted in increasing
power consumption, likewise for less than nine stages. This
is in perfect agreement with the results of the present study
for 0.5 bar pressure drop.

It is interesting to note that the results of the present
study point to less compressor stages being more optimal
when a significant pressure drop between compression
stages is accounted for. For the Gorgon injection and
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Fig. 10. (A) Total power, (B) maximum compressor discharge temperature, (C) total CAPEX, and (D) levelised cost of compression
LCOCC as function of number of compression stages and four different levels of inter-stage pressure drop. Compression stage number
for minimum power, CAPEX and LCOCC indicated for the different inter-stage pressure drops applied.

storage project [55] inline compressor with fewer inter-
cooling stages were selected over an integrally geared com-
pressor with eight compressor stages due to significant
pressure drop in inter-coolers and long inter connecting pip-
ing (air coolers located away from compressor package)
among other things. In that respect the results obtained
with the present model seem to support this selection.

3.4 Carbon capture compression/liquefaction/pumping
case

3.4.1 Initial case

Following the compression only case for pressurisation of
CO,, the concept of compression followed by pumping is
introduced and investigated. Below the critical pressure,
cooling/liquefaction is required and managed by a refriger-
ant cycle using ammonia, although use of other refrigerants
is possible too. Above the critical pressure, liquefaction as
such is not occurring, instead, the CO, is pumped at the
conditions directly after the discharge cooler of the final
compression stage. An initial case (case 1) is investigated,
which considers the same inputs as the one investigated
in the previous section for compression only, in terms of
inlet flow, starting and final pressure, and compressor dis-
charge cooler temperature. The main difference is that
instead of explicitly defining the number of compression
stages, a maximum pressure ratio per stage/section of 2 is

applied, which mimics an integrally geared compressor.
Further, a fixed pressure drop between compression stages
of 0.3 bar is applied. Compression occurs from the initial
pressure of 1.5 bar up to the pressure where pumping is
initiated (a pressure between 15 and the final pressure of
150 bar). This pressure is referred to as the liquefaction/
pumping pressure. The results are shown in Figure 11. In
the special case where the pumping pressure equals the final
pressure, the case is effectively a compression only case.
As seen in Figure 11A there is a clear trade-off between
the compression and liquefaction (refrigerant compressor)
power requirement. At lower liquefaction/pumping pres-
sure, the power demand for liquefaction is high and rela-
tively low for compression, and wice versa at higher
liquefaction/pumping pressure. This trade-off is as expected
and also in agreement with the findings of Dlamini et al.
[10]. Around and just above the critical pressure, there is
a peak in the pumping power requirement, which is also
seen in the discharge temperature of the pump in
Figure 11D. This is due to the relatively high temperature
of the compressor discharge temperature of 38 °C (above
the critical temperature) leading to a lower density and
higher compressibility, sub-optimal for pumping applica-
tions. It is interesting to note that the minimum power
requirement of 32.7 MW is for the case of compression up
to a pressure of 72.5 bar, just below the critical pressure,
followed by pumping to the final pressure. For comparison,
the power required for the case of compression/liquefaction
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Fig. 11. Initial case (case 1). (A) total power requirement as well as subsystem power, (B) Compression pressure ratio and number of
compression stages, (C) Total CAPEX as well as subsystem CAPEX, (D) discharge temperature of compressors (max) and liquid CO»
pump, all as a function of pressure where compression ends and pumping is initiated.

at 15 bar and compression only is 37.7 and 33.8 MW respec-
tively. Actually, there is a power requirement valley for a
range of liquefaction/pumping pressures from approxi-
mately 40 bar to the critical pressure where the total power
requirement is generally low. Dlamini et al. [10] concluded
that a liquefaction pressure of 45 bar leads to a minimisa-
tion of the total power, although their analysis did not
extend up to the critical pressure only from 15 to 45 bar.
Also, the starting pressure (5.7 bara) was different com-
pared to the present study. In their study they also found
that a pure compression case with eight stages/sections
was slightly more energy-efficient compared to the compres-
sion/liquefaction/pumping scenario with three compression
stages, which is opposite to the results shown here. One rea-
son may be the lower applied inter-stage pressure drop of
0.1 bar compared to the 0.3 bar applied in this study or that
they consider impure CO,.

In Figure 11C the CAPEX of compression and refriger-
ation displays a similar trade-off as seen from the power in
Figure 11A. The pumping power increases from 15 bar up
to just above the critical pressure due to decreasing den-
sity/increasing compressibility as partly discussed in the
previous paragraph. As an end result, the CAPEX is the
lowest when the liquefaction/pumping pressure is at its
minimum at 15 bar. Then it stays high until after the crit-
ical pressure, from where it drops at around 80 bar and then
drops until a pure compression case is obtained. The

minimum CAPEX is 95.2 MMUSD at a liquefaction
pressure of 15 bar and the second lowest CAPEX is for
the compression only case with 98.9 MMUSD.

Combining the results in Figure 11 into the levelised
cost of compression, LCOCC, as shown in Figure 12, leads
to other interesting features. As seen in Figure 12, the min-
imum levelised cost is not achieved when the CAPEX is
lowest nor when power is lowest. It occurs at a liquefac-
tion/pumping pressure of 87 bar. When the power (and
hence the variable OPEX) is at its lowest values between
40 bar and the critical pressure, the CAPEX is at its highest
values, and when the CAPEX is the lowest (15 bar liquefac-
tion/pumping) the power (variable OPEX) is at its highest.
For the selected case, apparently the 87 bar liquefaction/
pumping pressure is an optimal compromise between
CAPEX and OPEX. It is interesting to note that one of
the major compressor OEM’s promote a hybrid solution
of combined compression/pumping of CO, to final delivery,
by compression up to 80-83 bar, followed by pumping to
the final required pressure [56].

The results quite clearly demonstrates that focusing
solely on power or CAPEX when searching for the optimal
pressurisation pathway may not identify the best solution
minimising the levelised cost of pressurisation. However, it
also depends on the project — whether it is CAPEX sensitive
or OPEX sensitive, in which case the LCOCC may not be
the determining metric. Further, the variance in LCOCC is
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Fig. 13. Levelised cost in USD per ton of CO, for compres-
sion/pressurisation for the cases 1 (initial case) to 4.

Table 11. Key metrics for case 1-4. For all cases the location in terms of applied liquefaction/pumping pressure for the
minimum achieved CAPEX, power and LCOCC, respectively, is listed.

Case Min. CAPEX (bar) Min. Power (bar) Min. LCOCC (bar) meo, (kg/s) Max. pres. ratio ()
1 15 73.5 87 100 2
2 150 73.5 150 50 2
3 150 73.5 150 33.3 2
4 150 46.5 96 50 4

relatively low, the difference from lowest to highest is 7.3%
for the investigated range.

3.4.2 Economy of scale and effect of pressure ratio

In order to check the generality of the above results and

conclusions a number of different variation cases are
defined.

Case 2 As case 1 with reduced mass flow of CO, of 50 kg/s.

Case 3 As case 1 with reduced mass flow of CO, of 33.3 kg/s.

Case4 As case 1 with reduced mass flow of CO, of
50 kg/s and the maximum pressure ratio per stage/
section increased to four to mimic multi-impeller inline
centrifugal compressor(s).

The results of the additional cases including the initial case
(case 1), as previously described, are shown in Figure 13 as
represented by the calculated levelised cost. Key metrics are
extracted from the data and summarised in Table 11. As
seen in Figure 13, case 3 to 1 generally display decreasing
levelised cost due to higher capacity and hence benefit of
economy of scale. The biggest effect is seen from 33.3 kg/s
to 50 kg/s. At higher capacities, the effect of economy of
scale diminishes due to more compressor units being needed
since the maximum single unit capacity is exceeded. In
Table 11 it is observed that the lowest CAPEX shifts from

liquefaction at 15 bar to pure compression up to 150 bar.
The minimum power for case 1-3 is maintained just below
the critical pressure, while for the lower capacity cases 2
and 3 the minimum LCOCC is now at a pure compression
case, compared to case 1 where pumping from 87 bar was
optimal. For case 4, which is calculated at 50 kg/s like case
2, it is interesting to note that, like case 2 (and 3), the min-
imum CAPEX is obtained for the pure compression case,
but the lowest power is obtained at 46.5 bar. The lowest
LCOCC is obtained at 96 bar, more in line with case 1. It
is also interesting to note that case 4 in some regions leads
to lower LCOCC than case 2 when liquefaction/pumping
occurs below 60 bar and around 95-100 bar. The reason
is the lower number of stages and hence less equipment in
terms of coolers and scrubbers/coalescers. Although tempt-
ing, we cannot directly conclude that multi-impeller inline
centrifugal compressors are better than integrally geared
compressors, since the efficiency improvement of the inte-
grally geared compressor has not been taken into account,
neither the potentially lower CAPEX.

3.4.3 Heat exchanger selection and cooling
temperature

To further scrutinize results of the model, additional cases
are defined. These additional cases deal with the effect
of heat exchanger selection and the applied cooling
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Fig. 14. (A) Total power requirement; (B) total CAPEX; (C)
levelised cost, all as a function of pressure where compression
ends and pumping is initiated for case 2 and case 5-8.

temperature after compressors (and inter-stage). The basis
of the below cases are case 2 from above, i.e., a mass flow of
50 kg/s COs.

As case 2, but using shell and tube heat exchangers
instead of air cooled heat exchangers. This applies to both
compressor inter-stage and discharge coolers as well as the
refrigerant condenser. The discharge temperature of these
coolers are maintained at 38 °C as for case 2.

Case 6 As case 5 but with the cooler discharge tempera-
ture reduced to 35 °C.

Case 7 As case 5 but with the cooler discharge tempera-
ture reduced to 30 °C.

Case 8 As case 5 but with the cooler discharge tempera-
ture reduced to 25 °C.

For all cases, it is assumed that the coolant temperature is
13 °C colder that the cooled CO,. The results of simulating
these cases, including case 2 for comparison, are shown in
Figure 14. Key metrics for minimum power, CAPEX and
LCOCC, respectively, and at which liquefaction/pumping
pressure they occur, are compiled in Table 12.

Starting with power in Figure 14A it is as expected that
case 2 and case 5 have identical power requirement. As the
discharge temperature is gradually lowered, so is the power
requirement. This is also as expected and in agreement with
the findings of Dlamini et al. [10] who observe a 4.5%
decrease in compression power by reducing coolant temper-
ature by 10 °C. In the present study, a similar decrease in
cooling temperature (from case 5 to case 7) results in a
4.3% decrease in power requirements, which is in good agree-
ment. For case 7 and case 8, the power requirement drops
significantly at a pumping pressure of approximately
145 bar and 125 bar, respectively. The reason for this drop
is that the applied inter-cooler discharge temperature,
30 °C and 25 °C, respectively, actually leads to liquefaction
upstream the last compression stage. The corresponding sat-
uration pressures are 72.1 bar and 64.3 bar, respectively.
This effectively makes the last compression stage a pumping
stage, and in reality, case 7 and 8 have two pumping stages.
Due to this “artifact” the power requirement data where this
occurs has been omitted from the metrics shown in Table 13.
It is also noticed that the spike in power requirement, just
above the critical pressure for case 2, is reduced and dimin-
ishes when the discharge temperature is reduced below the
critical temperature, making the pumping occur in the dense
phase region rather than the supercritical region.

When inspecting the CAPEX in Figure 14B the first
immediate observation is that switching from air-cooled
heat exchangers to shell and tube heat exchangers leads
to higher CAPEX. For case 5-8 which employ shell and
tube heat exchangers, the CAPEX is generally reduced as
the cooler discharge temperature is lowered, which is easily
conceived when looking at the corresponding power require-
ment and correspondingly less cost of compressors and
refrigeration systems (also taking into account that the
refrigeration loop becomes more effective when the con-
denser temperature is lowered, i.e., higher COP). The
minimum CAPEX for each case generally shifts from a
pure compression case (case 2) to a hybrid compression/
liquefaction/pumping case and with the minimum CAPEX
occurring at gradually lower liquefaction/pumping pressure
as the cooler discharge temperature is lowered.
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Table 12. Key metrics extracted from Figure 14 for minimum power requirement, minimum CAPEX, and minimum
LCOCC and the corresponding liquefaction/pumping pressure at which the minima occur.

Case Min. Power QP Min. CAPEX QP Min. LCOCC QP

(MW) (bar) (10° USD) (bar) (USD/tCO,) (bar)
2 16.3 73.5 49.5 150 10.55 150.0
5 16.3 73.5 54.5 82.5 10.89 87.0
6 16.1 60.0 52.0 78.0 10.54 78.0
7 15.6 55.5 50.9 73.5 10.23 73.5
8 15.0 64.5 49.7 64.5 9.89 64.5

Table 13. Key metrics extracted from Figure 14 for minimum power requirement, minimum CAPEX, and minimum
LCOCC and the corresponding liquefaction /pumping pressure at which the minima occur. Data for case 2 (reference for
pure CO»), case 9 (post-combustion capture purity), and case 10 (oxy-fuel combustion purity).

Case Min. Power QP Min. CAPEX QP Min. LCOCC @P

(MW) (bar) (10° USD) (bar) (USD/tCOs») (bar)
2 16.3 73.5 49.5 150 10.55 150
9 16.4 66.0 49.5 150 10.56 150
10 16.9 70.0 50.1 150 10.74 150

The LCOCC as shown in Figure 14C has some of the
same features as just discussed for the CAPEX. Compared
to air cooled heat exchangers, the use of Shell and Tube
leads to an increase in levelised cost. However, as soon as
the discharge temperature is reduced to 35 °C a comparable
LCOCC can be achieved. For cases 5-8, the LCOCC gener-
ally drops and so does the minimum obtained LCOCC for
each case as the discharge temperature is reduced. As seen
in Table 12 the location of the minimum LCOCC shifts to
lower and lower liquefaction/pumping pressure as the dis-
charge temperature is reduced.

3.4.4 Impurities

In order to study the effect of impurities, two final cases are
included both using identical settings as case 2, except for
the composition, and with the former requiring REFPROP
as thermodynamic back-end:

Case 9 Typical composition for post-combustion carbon
capture.

Case 10 Typical composition for oxy-fuel combustion car-
bon capture.

The compositions are sourced from Porter et al. [57] is
also investigated by Martynov et al. [8] and summarised
in Table 14.

The results for the two cases (case 9 and 10) with
impure COs are compared with the reference pure CO, case
(case 2) in Figure 15 with key metrics extracted and sum-
marised in Table 13. As seen in Figure 15, a few immediate
observations can be highlighted. The results for pure CO,
and the post-combustion capture composition, which is

overwhelming in its CO, content, generally does not differ
much. When a significant amount of impurities is present
as for the oxy-fuel case the power consumption is signifi-
cantly higher, especially when liquefaction/pumping is initi-
ated at lower pressure. The same applies for CAPEX and
levelised cost. The lower the pressure from where pumping
occurs, the more pronounced the effect. This is mainly due
to the effect of a much more challenging liquefaction as also
shown in Figure 15D. The saturation temperature drops
significantly for a given pressure when the amount of non-
condensable gases increase, leading to poor performance of
the refrigerant cycle (low COP). With pumping initiated
at higher pressure (above approximately 100 bar), the dete-
rioration in power, CAPEX and levelised cost for the oxy-
fuel case is moderate compared to the pure CO, reference
and the post-combustion case. When inspecting the key
metrics in Table 13, it is again observed that the minimum
power required for the oxy-fuel composition is higher than
for the pure COy and the post-combustion capture case,
with the latter being only marginally higher than the pure
COs case. The minimum CAPEX and LCOCC is similar for
all cases, and these key indicators are at the minimum at
150 bar, i.e., for a compression only case. Thus, the optimal
architecture of a pressurisation facility will be the same,
with main difference being higher power requirement,
higher CAPEX and a resulting higher LCOCC as the level
of impurities increase.

The observed increase in power for compression with
increasing amounts of impurities is in agreement with the
findings of Martynov et al. [8] and was explained by the
authors to be mainly related to the corresponding decrease
in density of the CO, mixture as the level of impurities
increase, since all the impurities with a significant concen-
tration have a molecular weight lower than that of COq
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Table 14. Composition of impure CO, used for calculation of techno-economic parameters. Note: For post-combustion
capture trace impurities have been excluded and Argon added to ensure summation of concentrations to 100%.

Component Unit Oxy-fuel Post-combustion
CO, % v/v 96.78 99.8
0O, % v/v 1.2 0.015
No % v/v 1.6 0.045
Ar % v/v 0.4 See note
NO, ppmv 150 N/A
SO, ppmv 36 N/A
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Fig. 15. (A) Total CAPEX; (B) levelised cost; (C) total power requirement; (D) refrigeration power requirement, all as a function of
pressure where compression ends and pumping is initiated for case 9 and 10 including comparison with case 2.

(Og, Ny and Ar). Similarly, Martynov et al. also observed an
increase-in the refrigeration power required for liquefaction
(at 62 bar) as the level of impurities increase in agreement
with the results of the present study explained by the
widening of the phase envelope and correspondingly lower
temperature required for complete liquefaction (lower bub-
ble point temperature).

4 Conclusion

In conclusion, the study presented provides a comprehen-
sive framework for the optimisation and techno-economic
analysis of CO, pressurisation strategies for pipeline trans-
portation. Developed with the use of open-source compo-
nents and publicly available information, the framework
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offers significant flexibility to explore various scenario con-
figurations, such as starting and final pressures, inter-stage
pressure drop, and cooling temperatures, among others.

The conducted analysis extends beyond solely evaluat-
ing work duty reduction, including the assessment of
CAPEX, OPEX, and LCOCC. Through this framework,
it has been demonstrated that optimal levelised costs do
not always correlate with the minimum work, and that
for certain scenarios, super-critical and sub-critical pressuri-
sation pathways could provide more cost-effective solutions
compared to conventional multi-stage compression.

Bench-marking against existing literature validated the
reliability of the simulation results both in terms of the
implemented thermodynamic models and equipment and
total plant costs models. The study identified that there
could be benefits in considering alternative CO, pressurisa-
tion pathways, such as liquefaction and pumping, especially
when taking into account a full techno-economic perspec-
tive. It is also observed that the optimal pressurisation
pathway shifts when certain input parameters are changed.

With the pressing need for effective Carbon Capture,
Utilisation, and Storage (CCUS) techniques to mitigate cli-
mate change, the findings from this study are timely and
relevant. By offering a robust methodology for techno-eco-
nomic evaluation, this study supports informed decision-
making in the CCUS industry, potentially leading to more
efficient and economically viable solutions for CO, handling
in pipeline transport systems.

This paper adds value to the body of knowledge on
CCUS by combining thermodynamic analysis, process sim-
ulation, and economic assessment into a unique and com-
prehensive framework. It also highlights the importance of
open-source tools in facilitating scientific research and
allowing for transparency and reproducibility in the pre-
sented results.
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